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The interactive effects of heat and mass transfer in evaporation of binary mixtures
Sflowing as falling films on vertical surfaces was investigated. Evaporative heat-
transfer coefficients were measured for aqueous mixtures of ethylene and propylene
glycol, with boiling ranges up to 55° C. Tests were carried out at atmospheric pressure
with hear fluxes ranging from 3,000 to 25,000 W/m?, and film Reynolds numbers
ranging from 300 to 3,000. Results indicated that the heat-transfer coefficient for
mixtures depends weakly on wall superheat and film Reynolds number, but strongly
depends on mixture composition. Analysis of the results indicates that mass-transfer
resistance in the liquid film causes significant elevation of the interface temperature,
causing a reduction of the effective temperature driving force. A semiempirical
model for correlation of the interactive heat- and mass-transfer phenomena is pro-

posed.

Introduction

Falling film evaporators are finding increasing use in the
chemical process industries for separation of multicomponent
mixtures where:

* Fluids are temperature-sensitive

s Low temperature difference driving force is required

8 Low pressure drop is necessary.

For these situations, a falling film evaporator is advantageous
in achieving minimal static head and pressure drop, minimal
fluid residence time and high heat-transfer rates with low tem-
perature differences. In spite of this increasing usage, little
information is available in literature on the transport processes
in falling film evaporation, particularly, data and predictive
models for wide-boiling-range mixtures with large temperature
differences between bubble and dew points (boiling range).
The state of the art for design of falling film evaporators
was recently summarized in the Handbook of Evaporation
Technology (Minton, 1986). Research work on falling film heat
transfer and hydrodynamics is summarized by Seban (1978),
Ganic (1981) and Ganic and Mastanaiah (1981). In another
general survey, Smith (1983) cites the work of Whitt (1966)
and recommends the correlations of Chun and Seban (1971,
1972) for single-component fluids. For mixtures, the recom-
mendations of Smith (1983, 1986) are not clear-cut, but ad-
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ditional resistance from mass transfer is recognized. It was
reported that evaporation rates with 14% brine were about
10% less than for water at the same temperature difference.

Since 1980, relevant work in vaporization of mixtures has
been carried out by Schlunder and coworkers (Schnabel, 1980;
Gropp, 1981). The original work of Schlunder (1982) applied
the film theory to nucleate pool boiling. It was shown that
significant mass-transfer effects in pool boiling could be ac-
counted for by use of a heat-transfer factor which depends
upon an empirically determined mass-transfer coefficient.
Later, proprietary work by Heat Transfer Research, Inc., as
reported by Sardesai, Palen and Thome (1986), confirms the
applicability of this approach for nucleate pool boiling of wide-
boiling-range hydrocarbon mixtures. It was not clear, however,
whether the same approach would be required or could be
applied for evaporation from falling films. In fact, Schlinder
(1983) in a general review of methods for heat and mass transfer
gives an order of magnitude argument for falling films which
indicates that ‘‘in both phases the bulk and interface com-
positions are equal and in equilibrium.”’

The first systematic work in falling film vaporization of
mixtures by Schhunder et al. was reported in Gropp, Schnabel
and Schlunder (1983). That study used a mixture of R11 and
R113 vaporizing on a vertical plate with longitudinal grooves.
Average mass-transfer coefficients were obtained by measuring
vapor and liquid compositions and comparing with calculated
equilibrium values. In a later study, Gropp and Schiunder
(1986) investigated falling film evaporation outside a vertical
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Figure 1. Experimental apparatus.

tube. The mixture was again R11/R113 (boiling range =4°C).
It was found that for this mixture there was little effect of
mass-transfer resistance at heat fluxes up to about 6,000 W/
m?. At these heat fluxes, no nucleate boiling was observed.
However, as the heat flux was increased above 16,000 wW/m?,
nucleate boiling was observed and the heat-transfer coefficient
became noticeably lower than the expected value for pure com-
ponents, indicating possible mass-transfer resistance. Gropp
and Schlunder concluded that ‘‘during surface boiling the re-
duction of the heat-transfer coefficient is negligible for tech-
nical applications because of the minor deviations from
evaporation mainly controlled by thermodynamic equilib-
rium . . during nucleate boiling . . . there is considerable de-
viation from evaporation controlled exclusively by
thermodynamic equilibrium.”’

The fact that very little effect of mass transfer was noticed
at the low heat fluxes for the above tests is not surprising. For
this narrow-boiling-range mixture, mass-transfer effects would
be expected to be less severe than for mixtures with wide boiling
range. We suspected that the impact of mass-transfer effect
upon heat transfer is not only a function of the type of heat-
transfer mechanism (nucleate boiling or surface evaporation),
but also a strong function of the boiling range of the mixture.
There is a strong possibility that mass-transfer effects can have
a significant effect on heat transfer in many practical cases of
evaporation of mixtures in falling films. Yet, all conventional
design methods ignore this effect and assume the vapor to be
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in equilibrium with the bulk liquid (VDI, 1977; Minton, 1986).
Presently, there are no models in the literature which account
for the potential effect of mass transfer on the heat-transfer
coefficient for falling film evaporation of wide-boiling-range
mixtures, nor are there representative data which could be used
to develop such models.

The objective of this investigation was to obtain experi-
mental measurements of the evaporative heat-transfer coef-
ficients for films of mixtures with wide boiling ranges. These
data could then be used to assess the mechanistic question of
whether or not liquid-side mass-transfer effects interfacial
evaporation in falling films.

Experiment

The experimental equipment is shown in Figure 1. All vessels
and piping were stainless steel and insulated with fiberglass.
The basic test element was an evaporator tube of 304 stainless
steel with 50.8 mm OD, 1.24 mm wall thickness, and an overall
length of 1.52 m. Direct Joule heating of the tube was achieved
using a DC rectifier with a variable current output of 0 to
1,000 A over a voltage range of 0 to 30 V. Power was supplied
to the tube through two copper electrodes spaced to provide
a heated length of 1.45 m. The evaporator tube and connecting
vessels were electrically isolated from the rest of the piping by
Teflon fittings.

The test liquid was pumped from the feed reservoir and
entered the top reservoir after being preheated close to satu-
ration temperature. In the top reservoir the liquid flowed
through a brass distributor (shown in Figure 2) to form an
evenly distributed film (~2.4 mm typical thickness) on the
inside surface of the tube. The falling film would be partly
vaporized in the tube at a constant heat flux. The vapor-liquid
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mixture was separated in the bottom reservoir with the vapor
flowing to a vertical condenser where it was totally condensed
and returned to the feed tank, together with the unevaporated
liquid from the test tube.

Figure 1 also indicates instrumentation used. The flow rate
to the test section was regulated by a needle valve and measured
by a calibrated rotameter. The tube wall temperatures were
measured at intervals by thermocouples clamped to the outside
wall. These were located over the heated length, as shown in
Figure 1, with 90 degree spacings around the tube circumfer-
ence. Heavy insulation around the tube minimized heat loss
and prevented significant temperature gradients in the region
of the thermocouple-wall interface. The inside wall tempera-
tures were calculated from the OD temperatures, accounting
for heat generation and conduction in the tube wall. The inside
vapor bulk temperature was measured by a movable ther-
mocouple which was centered in the tube by an electrically
insulated ‘‘spider.’’ This traveling thermocouple could be lo-
cated adjacent to any of the wall thermocouple locations.

Note that the measurement of bulk vapor temperature was
not necessary for calculation of the evaporative heat-transfer
coefficient. By tradition, this coefficient is based on a bulk
saturation temperature which is determined by equilibrium flash
calculation. Therefore, care was required in the energy balance
of the test section. For the test conditions, latent heat of phase
change was dominant over the negligible sensible heat effect.
We measured the vapor temperature just to obtain verification
of the equilibrium state at system pressure.

Other important temperature measurements were: inlet fluid
temperature to the top reservoir, which had to be maintained
somewhat less than saturation, inlet fluid temperature to the
pump, which was kept at least 15°C less than saturation to
prevent cavitation and the vapor temperature to the condenser.
All thermocouples were read directly from a digital 10 channel
temperature logger. This instrument was calibrated at the ice
point and checked at the boiling point. Consistency of the
thermocouples was checked at room temperature and deter-
mined to be better than 0.5°C. Power to the test section was
regulated by arheostat on the DC rectifier unit, and determined
from direct measurements of voltage and current.

Accuracy in measuring wall temperatures was of particular
importance. We elected Joule heating of the wall in order to
obtain accurately determined heat fluxes. However, this re-
quired special considerations in method of measuring ID wall
temperature. Inaccuracies could be introduced by insertion of
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Figure 3. Examples of axial temperature profiles.
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thermocouples in the wall due to disruption of either thermal
or electrical fields in the local zone. Our choice was to heavily
insulate at the OD of the wall, and place electrically-isolated
thermocouples on the OD surface. This places the thermo-
couple junction on an adiabatic surface, and there was no
temperature drop between the junction and the wall OD. The
calculation of the ID temperature was then just a simple cal-
culus exercise.

Fluid samples were taken at the inlet to the pump and at
the outlet of the bottom reservoir. The compositions were
determined from refractive index. The system was always de-
gassed by venting for approximately 30 min before taking data.
In a typical run, the selected fluid mixture would be introduced
to the top reservoir at close-to-saturation temperature and flow
rate adjusted to obtain a desired film Reynolds number
(4T/u). Heat flux to the test section was established, and all
data then recorded upon attaining steady-state conditions. Wall
temperatures were kept sufficiently low to avoid bubble nu-
cleation. Uncertainty in the resulting heat-transfer coefficient
was determined from error analysis to be approximately 5%.

Resuits and Discussion

Over a hundred experimental runs were carried out using
water (pure fluid), and various mixtures of water with pro-
pylene and ethylene glycol. For the binary mixtures, the boiling
range (difference between bubble and dew points) varied up
to a maximum of 55°C. All tests were carried out at atmos-
pheric pressure. Heat fluxes ranged from 3,000 to 25,000
w/m?, and film Reynolds numbers ranged from 300 to 3,000.
Some sample results are presented and discussed in this section.

Figure 3 shows axial temperatures along the length of the
test tube at a heat flux of 15.5 kw/m’ for one case of pure
water film and a second case of 50 mole percent ethylene glycol
solution. The axial coordinate Z is taken to be 0 at the top of
the heated section. With negligible pressure drop, the bulk
saturation temperature for water remained constant along the
tube, but increased slightly with progressive evaporation of the
volatile component for the case of ethylene glycol solution. The
measured wall temperatures are shown by respective symbols
in Figure 3, indicating the degree of temperature scatter in the
measurements. Axial profiles of the wall temperatures were
calculated by regression fit to the measured points, illustrated
by the solid lines in Figure 3. Several qualitative points are
worth noting from this figure. First, it is seen that the tem-
perature difference (T, — T,) is noticeably smaller for water than
for the water/glycol mixture, indicating a diminished heat-
transfer coefficient for the mixture at essentially equal values
of heat flux and Reynolds number. Second, the temperature
difference in the case of water decreased very slightly along the
length of the tube, but increased slightly for the case of the
binary mixture. The first effect can be attributed to thinning
of the water film due to evaporation, while the second effect
is most likely associated with the increasing effect of mass
transfer upon heat transfer as water was preferentially evap-
orated from the glycol solution.

The effective heat-transfer coefficient (HTC) for falling-film
evaporation is commonly defined as:

q

=TT

8))
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Figure 4. Local heat-transfer coefficients for two binary
mixtures.

For the case of mixtures, the saturation temperature is defined
as the bubble point for the local mixture bulk composition, as
determined from energy balance and flash calculation. In this
study, the experimentally measured profiles of T, were used
to determine effective heat-transfer coefficient. Figure 4 shows
sample results, where local heat-transfer coefficients are plot-
ted against axial position along the heated length (downward)
for two compositions of ethylene glycol solution. The quali-
tative observations from Figure 3 are confirmed here, namely
that increasing concentration of the less volatile component
(glycol) caused:

a) Decrease in magnitude of the HTC

b) Decrease in heat-transfer coefficient along axial length.
We feel that both consequences are associated with mass-trans-
fer effects in the liquid film, as discussed in the section on
analysis.

Figure 5 shows the heat-transfer coefficients at a given axial
position (Z/L =0.6) plotted against the film Reynolds number
for a narrow range of compositions of ethylene glycol solu-
tions. There is only a slight dependence of the heat-transfer
coefficient upon the Reynolds number, consistent with the
expectation that film thickness varies only as the cube root of
film flow rate. It is also seen that varying heat flux by an order
of magnitude caused only slight scatter in the results. This
confirms our observation that test conditions in this investi-
gation did not involve bubble nucleation and boiling within
the film, since the heat-transfer coefficient for boiling processes
would be highly sensitive to magnitude of heat flux.
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Figure 6 plots heat-transfer coefficients vs. composition for
various mixtures of ethylene glycol, over selected ranges of
Reynolds number and heat flux. While the effect of both flow
rate and heat flux on the heat-transfer coefficient was smail,
it is seen that mixture composition had a very significant effect
upon the evaporative heat-transfer coefficient. For the data
presented in Figure 6, increasing ethylene glycol from 0t0 0.75
mole fraction caused a decrease of over 80% in the effective
heat-transfer coefficient. Due to temperature limitation of the
experimental facility, no data were obtained for higher con-
centration of ethylene glycol. However, it is expected that the
heat-transfer coefficient recovers to the value for pure ethylene
glycol, as indicated by the dashed portion of the curve in Figure
6. Thus, it appears that the effective heat-transfer coefficient
for evaporation of binary mixtures is nonlinearly dependent
upon composition, with a minimum approximately at the com-
position corresponding to maximum spread between bubble
and dew points. This behavior is similar to that observed in
nucleate pool boiling of mixtures where mass diffusion re-
sistance is known to cause an elevation of the vapor/liquid
interface temperature. In our later analysis, this same mech-
anism is hypothesized for the current case of evaporation at
the interface of a falling film.

The next question is whether the dependence of the heat-
transfer coefficient on mixture composition can be attributed
to change in physical properties, that is, in magnitude of the
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Prandtl numbers. In the opinion of these investigators, changes
in physical property could not explain the mixture effect as
the Prandtl numbers varied by less than 25% for the conditions
represented in Figure 6. Since the heat-transfer coefficient
would be expected to vary with Prandtl numbers to some power
less than unity, the 80% variation of heat-transfer coefficient
in Figure 6 cannot adequately be explained by changes in phys-
ical properties.

A better way to examine this question is to compare the
measured heat-transfer coefficients with that calculated for
single-component films, using some correlation that accounts
for variations of physical properties. From initial tests with
water alone, it was determined that the well-known correlation
of Chun and Seban (1971, 1972) adequately represented the
thermal transport process for single-component films in the
range of Prandtl numbers of interest. Figure 7 shows results
for ethylene glycol mixtures where the Chun-Seban correlation
was used to calculate the heat-transfer coefficient at test con-
ditions, using mixture properties. The ratio of calculated to
experimental values of the heat-transfer coefficient range from
unity (for pure water) to over two for 75% ethylene glycol
solution. Since the Chun-Seban correlation adequately rep-
resents single-component evaporation with fluids of various
Prandtl numbers, this result confirms that some mechanism
other than changes in physical properties must be the cause
for the decrease in the heat-transfer coefficient with changing
mixture composition.

Analysis and Correlation

The experimental results of this investigation clearly indicate
that heat-transfer coefficients for falling film evaporation of
binary mixtures are significantly lower than those for evapo-
ration of single-component fluids at corresponding conditions.
We contend that this reduction in heat-transfer coefficient is
a result of the mass-transfer phenomenon in the liquid film.
Figure 7 presents a qualitative representation of the various
transport processes in the falling film. Flow of the liquid is of
course governed by the interaction of gravitational body force
with viscous shear, resulting in a transverse velocity profile
with zero velocity at the wall and maximum velocity at the
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vapor/liquid interface (for negligible interfacial shear). Heat
transfer occurs by convection/conduction through the liquid
film with the local fluid temperature decreasing almost linearly
from the wall temperature to the interfacial temperature. In
the case of negligible sensible heat effects (that is, saturated
film evaporation), essentially all the heat flux leaving the solid
wall passes through the liquid film to supply the latent heat
of vaporization at the interface. In the case of single component
films, the interface temperature is identical with the saturation
temperature at system pressure. This is the situation repre-
sented by the various models and correlations for single-com-
ponent falling film evaporation. In the case of binary liquid
films, the more volatile component would be preferentially
evaporated at the interface, causing a depression in the local
concentration of that component. In the steady-state condi-
tion, axial convection would interact with transverse diffusion
to supply a net molar flux of the volatile component toward
the interface. This process results in a convex local concen-
tration profile, as indicated in Figure 8, with maximum con-
centration at the solid surface and minimum concentration at
the interface (X}). A bulk composition (X,) could be calculated
as the integral average of the product of local concentration
and velocity. By definition, the bulk saturation temperature
at any axial position corresponds to the bubble point of the
bulk mixture. For design purposes, the heat-transfer coefficient
would be based upon the temperature difference (T, — T)).
Since the interface composition of the volatile component (X))
would be lower than the bulk composition (X,), it follows that
the true interface temperature (7)) would be higher than the
bulk saturation temperature (7). As indicated in Figure 8, this
represents a net reduction in the available temperature driving
force (T, — T)) for evaporative heat transfer.

In the case of laminar film flow without waves, it is possible
to derive an exact solution for the interactive momentum-mass-
and heat transfer in the falling film. Hoke and Chen (1992)

" Toubble

|

Wl,au!

Figure 8. Transverse profiles in falling film.
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present a solution for the developing mass-transfer coefficient
for this limiting situation. For the cases considered in this
study, the film Reynolds number is typically greater than 300,
sufficient to have turbulent film flow with interfacial waves.
This regime of film flow has resisted analytical solutions to
date. Nevertheless, the phenomena represented in Figure 8 are
still pertinent and provide a basis for seeking a phenomeno-
logical correlation. The development presented below utilizes
the concept of film theory, as originally proposed in Stephen’s
extension of the work of Maxwell, and summarized by Bird
et al. (1962). The specific application to phase-change problems
also follows the work of Schlunder et al. (1982) who was
concerned with nucleate boiling of binary mixtures.

Consider a binary mixture with components 1 and 2 being
the more and less volatile components, respectively. A bound-
ary layer of thickness b is defined in the film between the mixed
bulk and the interface. The molar flux in the boundary layer
for component 1 may be written as:

Ny= = (o,/MW,)D,, (‘;—f) +NX @

where y is measured from interface into the liquid film, and
N is the mass flux in — y direction.

At the interface, for case of negligible vapor-phase resist-
ance:

N,=NY,=NY, (&)

Integrating across the composition boundary layer:

<| ()

Yb_Xb—ex N(MW,)
Y,- X P 018

where the mass-transfer coefficient 8 is defined as:

D,
6=—b— (%)

With negligible subcooling or superheating, the heat flux, g,
is given by:

q=NNMW),,= N\(MW), ()]
and
(MW,) Q
N == 7
o8 B @
where:
q
=— 8
Q o (8)

for binary mixtures with components having significantly dif-
ferent boiling points (75> T,). Therefore,

(Xo—X) = (Yo~ X,) (2P - 1) )
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Taking a difference approximation for the temperature-com-
position gradient:

daT,
T,-T.= [dX} (X,— X,) (10)
and combining with Eq. 9:
7-7,=2% (v,- X,)(1 - exp(0/8) ()
i s_dX b b exp Q

The heat-transfer coefficient defined in Eq. 1 is based on
the temperature difference (7,,— 7;). In the case of single-
component fluids, the saturation temperature (7,) is identical
to the interface temperature (7). It is hypothesized that in the
case of binary mixtures, the effective heat-transfer coefficient
would be the same as for single-component films, but with the
true interface temperature (7)) in place of the bulk saturation
temperature (7). Thus, a mixture correction factor can be
defined as:

T.-T,
F =l i
‘ TW_T.\
h
=— 12
i 12)

where h;=coefficient for single-component films at same Re
and Pr:

hi= (13)

Combining Eqs. 11, 12 and 13:

F.= [1 Ay xoa —exp(Q/ﬁ))} (14)

q dX

Schlunder (1983) has suggested an approximation for the sat-
uration temperature gradient, d7,/dX. It is recognized that
the saturation temperature of the heavy component is its boil-
ing point (7,) at X=0.0 and the saturation temperature of the
light component is its boiling point (7',) at X = 1.0; then, overall
temperature gradient is approximated as:

drt, _
ax

T, - T, (15)

The simplified expression for F, then becomes:
Fo=(1— (h/q)(T,=T))(Y,— X,)0,) " (16)
0n=1-exp(Q/B) (17)
Equations 16 and 17 permit the calculation of the mixture
correction factor F, if the mass-transfer coefficient 8 is known.
Without an analytical solution, it was necessary to rely on

experimental data to develop an empirical correlation for this
mass-transfer coefficient, using the following procedure:
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(a) For every experimental run, determine the effective
heat-transfer coefficient (%) from measured wall temperature
and heat flux at a position of Z/L equal to 0.6.

(b) Calculate the equivalent single-component heat-trans-
fer coefficient (h;) by the Chung-Seban correlation, using bulk
values of the Reynolds and Prandtl numbers.

(¢) Calculate the value for F, as the ratio h/h,.

(d) Substitute into Eqgs. 16 and 17 to determine the value
of the mass-transfer coefficient 5.

The resulting values of 8 for our test conditions ranged from
3x107%to 2x 107 m/s.

From experience with other interfacial mass-transfer prob-
lems, one would expect that these mass-transfer coefficients
could be represented by the dimensionless Sherwood number
and correlated against Schmidt and Reynolds numbers. The
experimental data obtained in this investigation for aqueous
solutions of ethylene glycol and propylene glycol covered a
range of 125 to 500 in Schmidt number and 330 to 3,000 in
Reynolds number. Figure 9 shows the regression correlation
of the data from this study, resulting in the equation:

Sh=0.000631 Re"* Sc** (18)
For this correlation, the dimensionless groups are defined as:

Sh=p6/D,,
Re=4T'/n
Sc=u/pD,,

1/3
[
n°g

the equivalent laminar film thickness.

The degree of scatter in Figure 9 is more than desirable.
Nevertheless, if the mass-transfer coefficient (3) determined
from this correlation is used in Egs. 1, 12 and 16, a significant
improvement is obtained in the prediction of the falling film
heat-transfer coefficient for binary mixtures. Figure 10 shows
a parity plot of the heat-transfer coefficient calculated by this
model compared to experimental measurements. This ap-
proach permits calculation of the evaporative heat-transfer

where:
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coefficient with an average deviation of less than 15%, sig-
nificantly better than the current practice of using single-com-
ponent correlations.

Summary and Conclusions

Experimental measurements of falling film evaporation show
that the effective heat-transfer coefficients for binary mixtures
of wide boiling ranges can be as much as 80% lower than the
coefficients calculated for single-component films at corre-
sponding conditions. A mass-transfer induced elevation of the
interface temperature was hypothesized as the cause for this
apparent decrease in effective heat-transfer coefficient. Using
an approximate film-theory formulation, mass-transfer coef-
ficients for the falling films were determined from the exper-
imental data, and correlated in terms of Sherwood, Schmidt
and Reynolds numbers. The resulting correlation can be used
in the film-theory formulation to estimate elevation of interface
temperature in binary films. Improved estimation of the ef-
fective heat-transfer rate in falling-film evaporation of binary
mixtures is expected.
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Notation
b = boundary layer thickness at interface of film
D,, = molar diffusivity in liquid
F. = correction factor, Eq. 13
g = gravitational acceleration
h = heat-transfer coefficient, Eq. 1
h; = heat-transfer coefficient for single-component fluid
k = thermal conductivity of liquid
L = length of heated section
MW = molecular weight
N = molar flux
Pr = Prandtl number of liquid
q = heat flux
Re = Reynolds number
S¢ = Schmidt number
Sh = Sherwood number
T = temperature
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saturation temperature at bulk composition

wall surface temperature

boiling point of volatile component

boiling point of less volatile component

mol fraction of volatile component in liquid

mol fraction of volatile component in vapor
transverse coordinate from interface in liquid film
axial distance from top of heated section

Nw ~ xS IN83N
[ T L | S [ (I

Greek letters

mass-transfer coefficient

film mass-flow rate per unit width
equivalent film thickness for laminar flow
parameter, Eq. 17

latent heat of vaporization

viscosity of liquid

density of liquid

surface tension

> ™

QR >3I

Subscripts

bulk

interface

saturation for bulk mixture
wall

volatile component

less volatile component

V=T g . O
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